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Vacuum membrane distillation is a membrane-based separation process considered
here to remove volatile organic compounds from aqueous streams. Microporous hy-
drophobic membranes are used to separate the aqueous stream from a gas phase kept
under vacuum. The evaporation of the liquid stream takes place on one side of the
membrane, and mass transfer occurs through the vapor phase inside the membrane.
The role of operative conditions on the process performance is widely investigated in the
case of dilute binary aqueous mixtures containing acetone, ethanol, isopropanol, ethyl-
acetate, methylacetate, or methylterbutyl ether. Temperature, composition, flow rate of
the liquid feed, and pressure downstream the membrane are the main operative vari-
ables. Among these, the vacuum-side pressure is the major design factor since it greatly
affects the separation efficiency. A mathematical model description of the process is
developed, and the results are compared with the experiments. The model is finally used
to predict the best operative conditions in which the process can work for the case of

benzene remouval from waste waters.

Introduction

Vacuum membrane distillation (VMD) is a new mem-
brane-based separation process which has been proposed for
several purposes such as the production of ultrapure water
from salt solutions, the extraction of dissolved gases, and the
selective removal of volatile solutes from aqueous streams
(Bandini et al., 1988, 1992; Sarti et al., 1993). In particular,
VMD was also investigated as a tool for the continuous re-
moval of ethanol from fermentation broths in order to in-
crease the bioreactor productivity (Hofman et al., 1987; Aptel
et al., 1988).

The process is based on the use of microporous hydropho-
bic membranes, mostly made of PTFE and polypropylene,
which are not wetted by aqueous mixtures. One side of the
membrane is in direct contact with an aqueous liquid feed,
while a gaseous phase downstream the membrane (the distil-
late or the permeate side) is kept at a pressure below the
equilibrium vapor pressure of the feed itself (Figure 1c). Due
to the liquid repulsing properties of the membrane material,
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as long as a pressure is maintained lower than the minimum
entry value, a liquid-vapor interface exists at the pore entries.

Like all the membrane distillation processes (Andersson et
al., 1985; Jonsson et al., 1985; Sarti et al., 1985; Gostoli et al.,,
1987; Schofield et al., 1987), VMD is essentially a thermal
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Figure 1. VMD process.

(a) Liquid side semicell; (b) flow pattern in the liquid side;
(c) detail of the porous membrane showing the temperature
and concentration profiles, with reference to the organic
compounds.
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process: evaporation of the liquid mixtures takes place at the
L-V interface and the vapors diffuse through the membrane
pores.

The vapor stream permeated from the membrane appara-
tus is then condensed under vacuum. In the case of aqueous
mixtures containing volatile organic compounds (VOCs) par-
tially miscible with water, two liquid phases are obtained in
the condenser: the supernatant organic is recovered and the
water stream containing organic traces is recirculated to the
membrane separator. In the case in which the organic com-
pound is completely miscible with water, a concentrated lig-
uid stream is obtained from the condenser.

The VMD process can be thus applied both in order to
simply remove an organic component from wastewater
streams and to recover valuable products to a high degree of
purity.

Since the nonwettability of the porous membrane is the
basic requirement for the process, the same hydrophobic
membrane can be used for the VMD extraction of a broad
variety of volatile organic components from aqueous mix-
tures; the process separation is not associated to the selective
solubility of the organic components in the membrane mate-
rial.

Generally, only aqueous solutions, usually containing VOC
at a concentration below 10 wt. %, can be separated through
this process. Indeed, only for dilute solutions the penetration
pressure is sufficiently high to make the process feasible on
an industrial scale (Sarti et al., 1989). Moreover, the treat-
ment of solutions, containing VOC with limited solubility in
water, can be safely used only by preventing the formation of
an organic liquid phase which otherwise would wet the mem-
brane.

The process can be taken under consideration in alterna-
tive to conventional separations such as carbon adsorption,
distillation, and steam distillation.

In comparison with the conventional techniques, one of the
major advantages is the possibility of working at relatively
low evaporation temperatures, typically below 50-60°C. In
that case, also low value energy sources can be clearly used
to supply the heat required for the evaporation. The mem-
brane modules commercially available, both in the hollow
fiber and spiral wound configurations, are endowed with sur-
face areas per unit volume at least three or four times larger
than in conventional gas/liquid contacting equipments (Yang
and Cussler, 1986). Further advantages of VMD operations
are represented by the possibility of maintaining under vac-
uum only a very limited volume of the membrane equipment
and not the entire apparatus. Finally, the use of membrane
modules makes the plant scale-up straightforward, in view of
the modularity of the system.

With reference to the separation costs, VMD is also found
to be economically comparable (Sarti et al., 1993) with other
membrane alternatives, such as pervaporation (Wijmans et
al., 1990; Lipski and Cote, 1990).

The working pressures in the gaseous phase are well below
the atmospheric values, and the molecular mean free path of
the permeants is substantially larger than the pore sizes of
the membranes typically used. As a consequence, mass trans-
fer through the membrane is generally dominated by the
Knudsen mechanism (Dullien, 1979). The process selectivity
is therefore associated both to the liquid vapor equilibrium
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and to the relative Knudsen diffusivity of the permeants. As
the molecular weight of the organic permeants is sufficiently
larger with respect to water, the Knudsen separation is al-
ways unfavorable to the process; the upper limit for the per-
meate composition is thus represented by the L-V equilib-
rium value corresponding to the feed composition.

Since an evaporation takes place at the membrane pore
entries, also heat- and mass-transfer resistances through the
liquid phase affect the process selectivity.

The technical feasibility of the process was established and
a detailed model containing no adjustable parameters was
developed and successfully compared with the experimental
data with reference to the hollow fibers configuration (Sarti
et al., 1993).

In this work a rather extensive study is presented for the
removal of different VOCs from aqueous streams. In particu-
lar, dilute binary aqueous mixtures are considered which con-
tain acetone, ethanol, isopropanol, ethylacetate, methylac-
etate, and methylterbutyl ether. Experimental measures of the
membrane permeability are also reported.

The downstream pressure and the feed flow rate were
identified as the major design quantities; a detailed experi-
mental study has been completed in order to clarify the influ-
ence of those parameters on the process performance.

The VMD model is tested for flat membranes located in
circular cells with radial flow, and used to predict the best
operative conditions in which the process can work, for the
reference case of benzene removal from waste waters.

Experimental Methods
Feed solutions

Dilute binary solutions in water of acetone, ethanol, iso-
propanol (IPA), ethylacetate (EtAc), methylacetate (MeAc),
and methylterbutyl ether (MTBE) were prepared from
reagent-grade organics and distilled water.

Membrane apparatus

Experimental tests were performed using flat PTFE mem-
branes from Gelman Instruments Co. as TF200; the mem-
brane properties are reported in Table 1.

The membrane is located in the middle of a circular cell of
74 mm diameter and divides it in two chambers 2 mm deep
(Figure 1a). A 25 um paper filter and a polypropylene mesh
support the membrane and prevent strain and breakage
against the cell wall. The feed enters the center of the liquid
side semicell perpendicularly to the membrane and flows out«
wards in the radial direction (Figure 1b). In such a configura-
tion the membrane area useful for the process is 43 cm?,

Experimental setup

The apparatus used in the experimental tests was quite
similar to a PV setup. The liquid was continuously fed to the
membrane cell from a reservoir, sufficiently large to keep the
concentration nearly constant. Cold traps refrigerated by lig-
uid nitrogen were used to condense and recover the permeat-
ing vapors. The permeate composition was measured by a
refractometer for the case of binary solutions of ethanol, ace-
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Table 1. Membrane Properties

Pore Size Thickness ID K, (25°C)
(um) Porosity (pm) (mm) molV2s:-m™ kg~ 2
TF200" PTFE 0.2 60% 60 flat 3.15%107 %
Accurel Q3/2) PP 0.2 75% 200 0.6 4.0%107 **
*measured.
**predicted by Eq. 2 (x = 2).
from Gelman.
*from AKZO.
tone, and isopropanol, and by a gas chromatograph with a N;=K,yM;AP, &Y

thermal conductivity detector for the case of binary solutions
of ethylacetate, methylacetate, and methylterbutyl ether.

Experimental conditions

Experiments were performed in order to investigate the
role of the main process variables. For each binary mixture,
the influence of temperature, composition, and recirculation
rate in the liquid side and of pressure in the vacuum side
were studied. Temperature, composition, and recirculation
rate were varied in the range 25 to 35°C, 2 to 10 wt. %, 0.05
to 3 L/min, respectively. The downstream pressure range ex-
amined strictly depends on the mixture under investigation:
the value of the downstream pressure must be kept below the
equilibrium vapor pressure of the feed, and thus very differ-
ent pressure ranges can be used for the VMD process. In
Table 2, the pressure values at which the experiments were
performed are reported for each binary mixture investigated.

In all runs only minor differences between inlet and outlet
temperatures and compositions in the liquid phase were ob-
served; indeed, the evaporation flux was always smaller than
1% with respect to the liquid flow rate. Therefore, in the
elaboration of the experimental data temperature and com-
position in the liquid bulk were taken as constants and equal
to the respective inlet values.

Experimental Results and Discussion

Among the process variables investigated in the experi-
mental tests, three quantities provided very important results
for the process performance: the membrane permeability, the
pressure downstream the membrane, and the flow rate in the
liquid phase. The experimental results are reported here, in
which the influence of each quantity will be considered in
detail.

Membrane permeability

Membrane permeability to the species i K,,y/M; was de-
fined according to Eq. 1

Table 2. VMD of Aqueous Solutions: Vacuum-Side Pressure

vocC Pressure
in Water mbar
acetone 1080
ethanol 10+30
1IPA 10+70
EtAc 20+95

MeAc 25+150

MTBE 20+ 140
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where N, is the mass flux (kg-m~2s~!), AP, the partial pres-

sure difference across the membrane (Pa), and M; the molar
mass of the permeating species (kg-mol~?), respectively. Sub-
script i is the ith component (VOC).

Making use of the gas kinetic theory applied to a fluid dif-
fusing inside the pore of a solid medium (Dullien, 1979), the
permeability coefficient K, (s-mol¥>m~ kg~ "?) can be ob-
tained as follows

K 4edp 2
" 3x8Q2wRT

Apparently, the permeability coefficient K,, depends upon
temperature and on the membrane properties only, in terms
of pore-size distribution d, (m), thickness & (m), void frac-
tion €, and tortuosity factor y. It can thus be calculated inde-
pendently of the permeating species, however, owing to the
nonuniform pore-size distribution of the membrane, it is more
convenient and reliable to measure K, directly. Air perme-
ation experiments at different downstream pressures and at
different average pressures are the most simple way to obtain
the K,, values for different membranes. R is the universal
gas constant (J-mol~LK™1),

In Figure 2a air flux is reported vs. pressure difference
across the TF200 membrane, with reference to experiments
with different membrane samples at 20°C; the downstream
pressure was varied in the range 3.5 to 315 mbar. The linear
behavior observed indicates that viscous flow in the pores is
negligible with respect to Knudsen diffusion. According to
Eq. 1, the slope of the straight line is therefore related to
K,,, the value measured for the TF200 membrane is K,, =
3.15%107° mol?-s:m~ kg~ V2.

In Figure 2b the permeability coefficients calculated ac-
cording to Eq. 1 for each experimental run are reported vs.
the Knudsen number (Kn) evaluated at the average pressure
values existing across the membrane; Kn is defined as the
ratio between the air mean molecular free path and the nom-
inal membrane pore diameter. Apparently, at the higher Kn
numbers, that is, at lower pressures, the membrane perme-
ability K,, is nearly constant; on the contrary, at the lower
Kn number, occurring at the higher pressures, K, increases
as the downstream pressure increases. In the pressure ranges
investigated in the VMD experiments (Table 1) the Krn num-
ber belongs to the range 5 to 50; the constant value for the
permeability coefficient K,, = 3.15x% 107° mol¥?.s-m™1!-
kg~ V2 can be therefore considered correctly in all VMD tests.

The K,, coefficient slightly depends on temperature: ac-
cording to Eq. 2 over the temperature range investigated from
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Figure 2. Permeability tests of TF200 membrane.

(a) Air flux vs. the driving force; (b) permeability coefficient
vs. the Knudsen number.

20°C to 35°C, only a 2% change in K, occurs due to temper-
ature changes. The value measured in air at 20°C can be
therefore used with confidence in the elaboration of all the
data obtained.

It should be pointed out that the measured value of K, is
remarkably close to the kinetic theory value of 2.15X107°
mol¥?-s-m~ kg V2 calculated at 20°C assuming a unity tor-
tuosity factor. However, the uncertainty about the tortuosity
makes the above experimental measures necessary.

Pressure in vacuum side

Figures 3 to 5 show the experimental results obtained in
VMD of binary solutions of VOC in water: total transmem-
brane fluxes and distillate compositions are reported vs. the
downstream pressure at various feed temperatures and com-
positions; for comparison, in the same figures an arrow indi-
cates the liquid-vapor equilibrium conditions with respect to
the liquid feed.

For all the mixtures tested, the following qualitative fea-
tures were observed:

(1) As the downstream pressure increases, the transmem-
brane flux decreases and, correspondingly, the VOC compo-
sition in the distillate increases;

(2) The distillate VOC compositions are lower than the
corresponding equilibrium values with the feed which are ap-
proached at the higher pressures;

(3) For given downstream pressure conditions, at higher
temperatures higher fluxes and lower distillate VOC compo-
sitions are obtained;

(4) For given downstream pressure conditions and at the
same feed temperature at higher VOC concentrations in the
liquid feed, higher fluxes and higher distillate compositions
are measured.
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Figure 3. VMD of acetone-water mixtures at various feed
temperatures and compositions: distillate
composition and total flux vs. downstream
pressure.

EQ represents the vapor composition in equilibrium with the
liquid feed.

The behavior observed at points 1 and 2 shows the pres-
ence of two concomitant effects in determining the process
performance: Knudsen separation in the membrane and po-
larization phenomena in the liquid phase.

As the molar mass of the organic permeants is larger with
respect to that of water, the Knudsen separation is certainly
always unfavorable to the process; as a consequence, the up-
per limit for the permeate composition is represented by the
L-V equilibrium value corresponding to the feed conditions,
as shown from the experiments.

Moreover, the lower VOC distillate compositions, that is,
the lower separation factors, are observed especially at the
lower-pressure values which correspond to the higher fluxes;
that is characteristic of a significant effect of temperature and
concentration polarization within the liquid phase. Indeed,
since evaporation takes place at the L-V interface located on
the membrane, temperature and VOC concentration at the
interface are generally different and lower than the corre-
sponding liquid bulk values.

The relative importance of the Knudsen separation and of
the polarization effects on the process performance is thus
different from case to case: it depends upon the permeating
species, on the working pressure, and on the fluodynamic
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Figure 4. VMD of IPA-water mixtures at various feed
temperatures and compositions: distillate
composition and total flux vs. downstream
pressure.

EQ represents the vapor composition in equilibrium with the
liquid feed.

conditions, that is, on the flow rate in the liquid feed. The
influence of the feed flow rate will be discussed in detail in
the next section.

It is important to notice the appreciable effect of the
downstream pressure on the VOC distillate concentration;
higher-pressure values may lead to rather high organic con-
tent in the vapor phase such as up to 68 wt. % for MTBE
and 67 wt. % for acetone from liquid feeds containing 2 wt.
% MTBE and 5 wt. % acetone, respectively. That results from
a significant reduction of the driving force for water flux as
the pressure increases, whereas the driving forces for the
VOCs undergo only a smaller decrease.

The effect is clearly put in evidence in Figures 6 and 7 in
which the overall flux as well as the fluxes of water and or-
ganic component are reported vs. the downstream pressure,
for the cases of VMD of aqueous mixtures containing MeAc
and EtAc, respectively. At low-pressure values the water flux
is very large with respect to the solute flux and approaches
the total flux, so that the distillate has a low solute concen-
tration and a very high water content; at high-pressure val-
ues, on the contrary, the water flux rapidly decreases so that
the organic concentration becomes dominant. The behavior
is observed for all the organic compounds highly volatile with
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Figure 5. VMD of MTBE-water mixtures at various feed
temperatures and compositions: distillate
composition and total flux vs. downstream
pressure.

EQ represents the vapor composition in equilibrium with the
liquid feed.

respect to water, presenting equilibrium compositions in the
vapor phase above 50 wt. %, at least.

The effect of temperature on VMD performance appears
very interesting: at higher temperatures there is a broader
pressure range at which VMD can be effective, due to the
higher vapor pressures of the feed. As is typical for all mem-
brane distillation processes, at higher temperatures higher
fluxes are obtained with respect to the lower-temperature
cases for any single value of the distillate compositions. As a
numerical example, it can be noted that in the case of VMD

Methylacetate - water
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Figure 6. Model predictions (lines) vs. experimental
data (symbols) in VMD of MeAc-water mix-
tures: total, water, and organic fluxes vs.
downstream pressure.
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Figure 7. Model predictions (lines) vs. experimental
data (symbols) in VMD of EtAc-water mix-
tures: total, water, and organic fluxes vs.
downstream pressure.

of 5 wt. % acetone-water mixtures (Figure 3a) an experimen-
tal distillate composition of nearly 30 wt. % was obtained
working both at 25°C and 20 mbar and 35°C and 40 mbar; the
transmembrane fluxes were measured as 4.3X 1072 and 5.2 X
1073 kg-m 257!, respectively.

The effect of the organic composition in the feed follows
the obvious expectations: for a given temperature at higher
compositions in the liquid feed, higher VOC compositions in
the distillate are obtained; correspondingly, higher equilib-
rium vapor pressures exist at the L-V interface, which give
rise to higher permeate fluxes.

Isopropanol - water

Feed flow rate

The experimental results thus far presented are qualita-
tively suggestive of the important role of the polarization
phenomena in the liquid phase on the process performance.
Such effects depend mainly upon the fluodynamic conditions
in the liquid phase and can be experimentally investigated by
changing the feed flow rate.

Experiments were performed testing solutions containing
different organic compounds; in Figure 8 the results obtained
in VMD of dilute mixtures containing IPA are reported as an
example. (In Figure 8 w is the mass fraction.) The transmem-
brane fluxes of the organic component and of water are sepa-
rately reported vs. the feed flow rate in the liquid phase, at
various feed temperatures, compositions and downstream
pressures.

For all the mixtures tested, the same qualitative behavior is
observed:

(1) Both the organic and water flux significantly increase
with the feed flow rate, especially so in the low flow rate
range;

(2) The influence of the feed flow rate on the organic flux
is much higher than on the water flux.

As numerical examples, in the case of VMD of 5 wt. %
IPA-water mixtures at 20 mbar and 25°C (Figure 8) the or-
ganic and water fluxes increase nearly 320% and 30%, re-
spectively, as the recirculation rate increases from 0.05 to 2.6
L/min; in the case of VMD of 3 wt. % EtAc-water mixtures
at 25 mbar and 30°C, EtAc and water fluxes increase nearly
340% and 50%, respectively, as the recirculation rate in-
creases from 0.09 to 2.9 L/min.

The behavior observed clearly shows the significant impor-
tance of the transport phenomena in the liquid phase in de-
termining the process performance; as the feed flow rate in-
creases, the heat- and mass-transfer resistances in the liquid
phase decrease and the flux of each component increases.

At the present stage of the work, from those data it is not
possible to predict which resistance controls the flux of each

(kg/m?2s) 103

TF 200
water flux
' ' ' o T P2
| (wt%) (°C) (mbar)
B s 25 20
{114 5 25 30
X 5 25 35
o 5 35 30
X 5 35 35
¢ 5 35 50
O 10 35 45
+ 10 35 50

Jeed flow rate (L/min)
Figure 8. VMD of IPA-water mixtures at various feed conditions and downstream pressures: IPA and water fluxes vs.

feed flow rate.
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component (whether the heat or mass transfer in the liquid
or the mass transfer through the membrane) nor if there is a
single resistance controlling the whole process. To that pur-
pose, a detailed analysis of the transport resistances involved
in the process is necessary and it will be presented in a subse-
quent article. Anyway, some qualitative remarks can also be
made on the basis of the experimental observations. The
strong influence of the feed flow rate on the organic flux
shows that certainly the mass-transfer resistance through the
membrane is not the limiting factor, since otherwise no effect
of the recirculation rate would be observed. For water flux,
on the contrary, the relatively weak influence of the recircu-
lation rate indicates that the membrane resistance may not
be negligible.

In addition, since the feed mixtures inspected are rather
dilute in the VOC, the mole fraction of water within the lig-
uid phase does not change appreciably and is always larger
than 0.98; thus, mass-transfer resistance in the liquid phase
likely does not contribute to the water flux. Therefore, the
observed dependence of the water flux from the feed flow
rate is to be attributed to the heat-transfer resistance within
the liquid. It is vice versa for the flux of the organic compo-
nent. The heat- and mass-transfer resistances in the liquid
phase are both important, and this justifies the high sensitiv-
ity on feed flow rate variations.

Model and Predictions
Theory

The model describing VMD has been widely investigated
and its ability to represent the separation process has been
already well documented (Sarti et al., 1993). For the sake of
clarity, the equations describing the main physical phenom-
ena involved in the process are reported hereafter.

Mass transfer in membrane distillation processes generally
occurs by diffusive and convective transport of vapors through
the microporous membrane. Since for all the typical opera-
tive conditions the membrane pore size is well below the mean
free molecular path of the permeating species, in the VMD
process Knudsen diffusion is dominant with respect to molec-
ular diffusion. On the other hand, as a total pressure gradi-
ent is maintained across the membrane, the nonseparative
Poiseuille flow should also be taken into account. However,
as has been observed from Figure 2a, in this process the vis-
cous contribution to the total flux is quite negligible with re-
spect to the diffusion. Therefore, Knudsen diffusion is the
prevailing mechanism of mass transport through the mem-
brane. As a consequence, the molar flux of a permeating
specie J; (mol'm~2 s~ 1) is linearly related to its partial pres-
sure difference across the membrane

J, = —=
M.

i

(PY, ;- sz;,z) 3)

where K, is the permeability coefficient defined in Eq. 1. Y
is the mole fraction in the vapor phase.

By taking the sum over all the components, the total molar
flux J, (mol'm~2 s™!) can be easily expressed as

m

Jt:Tﬁ—

(P, - P)) @
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where M (kg-mol~') is a suitable average molecular weight
in the permeating stream, defined as

J.
M=) +VM, Q)

The heat required for the interfacial evaporation is supplied
by the heat flux through the liquid stream; a simple balance
across the evaporation surface gives

Z Jihi=n(T, —T)) (6)

where £ is the heat-transfer coefficient in the liquid phase
(W-m~2K™"). In writing Eq. 6 the convective heat transfer
within the gaseous phase was not included since its contribu-
tion, though nonzero, is indeed negligible. A is the molar la-
tent heat of vaporization (J-mol ™).

Mass transfer through the liquid phase can be described by
the film theory model (Porter, 1972); for binary mixtures, the
mole fractions in the liquid bulk x; , and at the interface x;;
are related to the molar fluxes by the following relationship

Jl Xir _Ji/-]r

7
nxi,b -1/, o

kicy

in which k, is the mass-transfer coefficient in the liquid phase
(m-s™?), ¢, is the molar concentration in the liquid phase
(mol-m™?).

Equations 3 to 7, coupled with the relationships describing
the vapor-liquid equilibrium conditions existing at the inter-
face, embody the mathematical description of the process.
Once the expressions for both heat- and mass-transfer coeffi-
cients within the liquid phase 2 and k, are available, the
model can be used in a completely predictive way.

In the cases under consideration, the VOC composition in
the distillate is much larger than in the liquid feed, so that a
concentration polarization within the liquid phase is ob-
tained, as usual. The VOC mole fraction at the interface x;;
is smaller than the corresponding bulk value x; ,, and, conse-
quently, the mole fraction of water at the interface is larger
than in the bulk. Thus water transport results from a convec-
tive contribution pointing from the bulk to the evaporation
surface, and a diffusive contribution pointing in the opposite
direction. As a consequence, in general terms convective
transport within the liquid phase cannot be neglected.

Discussion

The validity of the model presented in the previous section
can be proved in two different but equivalent ways. For given
operative conditions, first, the model equations can be used
to predict the process performance in terms of total flux and
separation factor. Secondly, the model is tested by comparing
the predicted values for those quantities with the experimen-
tal data.

On the other hand, the test can be performed by compar-
ing the heat- and mass-transfer coefficients, calculated
through the model equations for each set of experimental
data, with the corresponding values obtained by independent
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models describing the transport phenomena in similar geo-
metric configurations.

In the present work, the latter method is used in this sec-
tion to discuss the influence of transport phenomena on the
process, whereas the comparison between theoretical and ex-
perimental results is presented in the next section.

The heat- and mass-transfer coefficients for the membrane
apparatus under consideration are evaluated as follows. Each
set of experimental data at different feed flow rates provides
for the average values of the total flux J, and of the distillate
composition Y;,; based on that, the vapor pressure P; (Pa)
and the interfacial vapor composition Y ; can be calculated
from Egs. 4 and 3, respectively. From the model describing
the liquid-vapor equilibrium, the temperature 7; (K) and the
interfacial liquid composition x;, are obtained. Van Laar,
Wilson, and NRTL equations were used and their respective
parameters were taken from Gmehling (1981). The average
values for the coefficients # (W-m~2K™!) and k; (m's™!)
are finally calculated through Egs. 6 and 7.

For all the mixtures used and for all the operating condi-
tions inspected, the values obtained from the experimental
data at various feed flow rates have been reported in the
same figure (Figure 9), in terms of the relevant dimensionless
groups. In particular in Figure 9a the Sherwood number is
plotted vs. the Reynolds number, whereas in Figure 9b the
Nusselt number is considered. The average numbers are de-
fined as follows

10 100 1000 10000
1000 . g
Sh 100
—73 L
scl/
10F O acetone A IPA
O ethanol © MeAc
a) % Etde +MTBE
1000 T T ol ‘i
Camera Roda et al., 1994 ]
Nu 100 ¢ ‘ 3
73 +
Pi A N
A g
& 285
10 ¢ 9
3 O acetone A IPA
O ethanol 0O MeAc
b) x Etdc +MTBE
1 . :
10 100 1000 10000
Re

Figure 9. Sherwood and Nusselt numbers vs. Reynolds
number: values obtained from VMD experi-
ments at different feed flow rates.
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where R, (m) is the cell radius, b (m) the semicell thickness,
and my (kg's™!) the feed mass flow rate. The thermody-
namic properties of the compounds are evaluated at the con-
ditions existing in the bulk. Nu is the Nusselt number, D is
the diffusivity (m? s™!), k is the thermal conductivity (W-
m~ LK), and w is the dynamic viscosity (Pa-s).

The mass-transfer data are well-fitted by the power law
relationship

Sh =1.80 Re®*ScV? 9

with a correlation coefficient of 91% and (Re is the Reynolds
number). Sc is the Schmidt number. The maximum discrep-
ancy between the experimental data and the fitting values is
below 25%.

As it appears from the Reynolds dependence of the Sher-
wood number (Sh), nearly proportional to Re%*, the relation-
ship for mass-transfer results is very similar to the one hold-
ing true for boundary layer over a flat surface. In any case
the observed behavior clearly indicates that there is an ap-
preciable concentration polarization confined in a thin layer
close to the membrane.

The correlation represented by Eq. 9 is also in very good
numerical agreement with the values obtained by an inde-
pendent numerical model recently presented by Camera Roda
et al. (1994) for circular cells with radial flow reported in
Table 3. For the Re numbers in the range from 500 to 5,000,
the numerical model gives practically the same results of the
fitting relationships. In Table 3, v is the tube side velocity
(m's™1), GZ,, is the mass Graetz number, GZ, is the ther-
mal Graetz number, L is the fiber length (m), Pr is the
Prandtl number, and « is the thermal diffusivity (m?s~?!).

With regard to the average Nusselt number, the data re-
ported in Figure 9b do not present the same trend observed
for the average Sherwood number. The wider dispersion ob-
served is caused by the larger errors in the calculation of the
heat-transfer coefficient through Eq. 6; indeed for the cases
investigated, the interfacial temperature 7, is generally not
very different from the bulk value T, so that significant er-
rors are associated to the driving force T, — 7, and thus to
the calculated heat-transfer coefficient. However, some con-
siderations can be made on the basis both of the qualitative
behavior observed and of the model reported as a compari-
son (Camera Roda et al., 1994) (Table 3). The Nusselt num-
ber seems to be rather constant in the lower Reynolds num-
ber region, thus indicating that the temperature profile is de-
veloped within the entire liquid phase and the temperature
gradient is not simply confined in a thin layer adjacent to the
membrane; at higher Reynolds values, on the contrary, there
is a more significant thermal boundary layer effect.

We thus conclude that changes in the feed flow rate affect
the process rate and separation, mostly through the changes
induced in the concentration polarization and to a smaller
extent through the changes induced in the temperature pro-
files.

Comparisons with data

The model reported in the previous section and repre-
sented by Eqgs. 3 to 7 is used here first for a comparison with
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Table 3. Transport Correlations for Flat and Hollow Fibers Geometries

Correlation Flow References
Cell with radial flow
Sh =1.80Re*¥75c V2 70 < Re < 5,000 Re, Sh defined in Eq. 8
This work, Eq. 9
j=1.61Re®> Cell with radial flow
Nu Sh
ji= RN = R 500 < Re < 5,000 Re, Nu, Sh defined in Eq. 8
(—lf—) Pr? ( —bi) Sc'? (Camera Roda et al., 1994)
Hollow fibers; tube side; laminar flow
kD D%
Sh= =162 Gz Gz, > 20 Gz, = —
D DL
(Yang and Cussler, 1986)
Hollow fibers; tube side; laminar flow;
hD
Nu= %" 3.656 Gzp > 20 constant wall temperature

D%
Gzp=—r

al
(Knudsen and Katz, 1958)

experimental data and secondly for predictions of the mem-
brane area required for a given separation.

Heat- and mass-transfer coefficients # and k, are calcu-
lated according to the relationships from Camera Roda et al.
(1994) reported in Table 3.

In Figures 6 and 7 the calculated fluxes of each component
as well as the total flux are compared with the experimental
data. Apparently, the model predictions are in good agree-
ment with the experimental data. The model reproduces well
the behavior of the total flux as well as the behavior of the
flux of either permeating species vs. the downstream pres-
sure, both in the low- and in the high-pressure range. In par-
ticular, the model correctly reproduces a significant feature
observed, associated with the fact that at low-pressure values
the water flux is dominant with respect to the solute flux,
whereas at the higher pressures the total flux is practically
given by the solute flux alone. Based on that, it seems conve-
nient to work at relatively high pressures in the vacuum side,
in order to obtain high solute concentration values in the dis-
tillate.

As an approximate indication obtained from Figures 6 and
7, the downstream pressure range at which the distillate shifts
from water rich to solute rich is close to the vapor pressure
P} of pure water at the liquid bulk temperature; the same
indication is also obtained from the data for acetone, IPA,
and MTBE aqueous mixtures, although the corresponding
figures are not explicitly reported here for the sake of sim-
plicity. As a consequence, in that range distillate composi-
tions are nearly 50 wt. % in correspondence with still rela-
tively high solute flux values. The flux of the organic species
remains practically constant for downstream pressures rang-
ing from very low values up to values somewhat larger than
PZ¥; the behavior observed suggests that the membrane area
needed for a given organic removal should be nearly con-
stant, working in a pressure range from zero up to values
close to the water vapor pressure PF.

Membrane area
The computation of the membrane area is performed for a
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VMD system in which the membrane apparatus consists of
stages which can operate at different pressure values in the
vacuum side; each stage is designed according to the scheme
reported in Figure 10. Hollow fibers modules in a shell-and-
tube configuration are connected in series, the liquid and va-
por streams flow cocurrently, and the vapor permeate is col-
lected at the pressure P, prevailing in the stage. (Subscript 2
is the vacuum side.)

Each module is designed by considering that in both phases
temperature and composition change along the apparatus as
in a plug flow; use of Egs. 3 to 7 gives the following balance
equations for the liquid stream

dn
A= J, 10)
dmie) an
d/l - i
dT,
ncpﬁ ==L i (12)
with the boundary conditions
n@=ng, x,,0=x, T,0=T (13)
liquid module
Sfeed { /;.[ :l_ refentate
Tr, or I ‘I condenser
mg
P,
f vacuum
pump

stage distillate

Figure 10. VMD pressure stage.
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In Eqs. 10-13 ¢, is the specific heat of the liquid phase
J-mol~ K1), and n is the molar flow rate (mol-s~!), while
A represents the total interfacial area (m?) of all the N cap-
illaries contained in the module and is related to the axial

coordinate z(m), so that
dA= 'n'DFNFdZ (14)

N is the fibers number, and Dy is the fiber diameter (m).
Analogous mass balance equations are considered for the va-
por stream.

Explicit calculations of the membrane area needed for a
desired separation have been performed for the reference
case of benzene removal from water, a case of practical rele-
vant interest. The apparatus considered uses Accurel Q3/2
PP hollow fibers (Table 1) arranged in modules 1 m long and
presenting 50% packing density. These dimensions are con-
strained by the requirement of reducing the tube-and-shell
side pressure drops.

Moreover, for a wide range of tube side velocities a lami-
nar flow occurs so that the heat- and mass-transfer coeffi-
cients in the liquid phase greatly decrease along the module,
according to the well-known Graetz model (Knudsen and
Katz, 1958); for 0.5 m/s tube side velocity, modules 1 m long
still give acceptable transmembrane fluxes in the outlet sec-
tion.

Standard relationships are used to calculate the transport
coefficients in the liquid phase (Table 3), by assuming, as
usual, that velocity profiles inside the fibers are not signifi-
cantly altered by convective mass transfer. In view of the very
short entry length for heat transfer, the heat-transfer coeffi-
cient is calculated with reference to a completely developed
temperature profile, whereas the local mass-transfer coeffi-
cient is obtained in accordance with the fact that the entry
region for mass transfer is longer than the whole module
length.

Figure 11 shows the membrane area required for various
benzene removals in a single pressure stage through VMD of
aqueous mixtures containing 1,000 ppm benzene. The data
are reported vs. the VMD pressure degree of the stage, ¢,
defined as the ratio between the stage pressure P, and the
water vapor pressure at the feed conditions Ty

¢ = P,/P;(Tr) (15)

Apparently, at P, values lower than the water vapor pres-
sure the membrane area is independent of the downstream
pressure; at higher values, on the contrary, the membrane
area needed for a given removal progressively increases, as
the driving force decreases.

Since it is generally highly desirable to work at P, values
as high as possible, in order to reduce operating costs based
on the results shown in Figure 11 attractive working pres-
sures are thus apparent, ranging roughly from ¢ =0.9t0 ¢ =
1.2; the upper limit 1.2 is qualitatively identified by the pres-
sure value above which a sharp decrease of the driving force
takes place; the lower limit 0.9 is qualitatively indicated based
on the values below which too high water fluxes are obtained,
thus demanding high energy consumption for the evaporation
of water and producing very high shell side pressure drops.
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Figure 11. VMD of benzene-water mixtures: membrane
area vs. pressure degree with benzene re-
moval as a parameter.

In that working range an optimal pressure value can be
obviously identified on the basis of economic considerations.
Indeed, at the lower-pressure values higher water fluxes and
lower concentrations in the distillate are obtained with re-
spect to the values achievable at the higher pressures; as a
consequence, the plant investment and operating costs, asso-
ciated to the sections downstream the membrane apparatus,
may give very different contributions to the overall separa-
tion cost at the different values of the downstream pressure
P,.

Conclusions

The VMD process was experimentally studied as a separa-
tion technique to extract VOCs from aqueous streams. Flat
membrane apparatuses were used with radial flow in both
feed and permeate sides. Several organic components have
been considered both with complete and partial miscibility in
water. The effect of the downstream pressure on the process
performance has been examined in some detail, as well as
the influence of changes in the feed flow rate at different
temperatures and at different VOC feed concentrations.

The typical operation conditions for VMD consist in per-
meate pressure values always smaller than the saturation
pressure in order to prevent condensation; reducing the per-
meate pressure results in all cases in an increase in the over-
all permeate flux, however, there is correspondingly a re-
markable decrease in the separation factor of the process.
Conversely by increasing the downstream pressure, very in-
teresting rises in the VOC concentration in the permeate
stream were obtained up to values exceeding 70 wt. % for
feed concentration around 2 wt. %.

As a general indication, we can say that for downstream
pressures above the vapor pressure of water, the permeate
flux becomes richer and richer in the VOC while increasing
the pressure up to values slightly larger than the vapor pres-
sure of pure water, thus leading to rather high vaporization
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factors. In most of the cases inspected, the remarkable in-
crease in the permeate VOC concentration was paralleled by
only minor decreases in the VOC permeation flux. Of course,
the pressure range in which the downstream pressure may be
varied is broadened by increasing the operating temperature.

As typically observed in all other membrane distillation
processes, fluxes increase almost exponentially with increas-
ing temperature.

As a general trend, an appreciable permeation rate in-
crease is observed in all cases with increasing the feed flow
rate; that is a clear indication of the relevance of the
resistances offered to the transport phenomena by the liquid
feed. In particular, it was pointed out that the flux of water is
much less sensitive to changes in the feed flow rate than the
flux of the organic component; in the latter case, both heat-
and mass-transfer resistances affect the evaporation rate, due
to concentration and temperature polarization effects. For the
water flux, vice versa, only temperature polarization plays an
appreciable role in view of the concentration range consid-
ered.

For the process, a mathematical model description has been
also considered, which accounts for the relevant transport re-
sistances contributing to the separation rate and efficiency,
namely, heat- and mass-transfer resistances within the liquid
feed and mass-transfer resistance through the membrane. The
latter is rather simply associated to the permeability of the
microporous membrane K,, in the prevailing Knudsen
regime; K, was measured directly through independent tests.

The liquid-phase resistances are associated to the trans-
port of the organic species from the liquid bulk to the evapo-
ration interface located at the membrane surface, as well as
to the heat transfer toward the membrane/liquid interface,
which provides for the energy supply demanded by the evap-
oration process.

For the radial flow prevailing in the feed side of the appa-
ratus, the heat- and mass-transfer coefficients were calcu-
lated from the experimental data and proved to be satisfacto-
rily consistent with the values obtained by independent model
descriptions.

The model developed correctly describes all the features of
the process. In particular, it reproduces well the relevant be-
havior observed for both water and organic fluxes vs. the vac-
uum side pressure.

The computation of the membrane area needed in a VMD
system, designed with reference to hollow fibers, puts in evi-
dence the crucial role of the pressure in the process per-
formance.

The working pressure values suitable for a more conve-
nient process conduction range approximately from 0.9 to 1.2
times the water vapor pressure at the feed conditions. In that
range, the process is characterized by a rather small driving
force for water evaporation, simultaneously preserving a still
high value for the organic compound.
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